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The dehydrogenation of ethylbenzene to styrene was used as a model of an energy intensive endothermic process
to assess the economic sustainability of the utilization of solar heat from a concentrating solar power (CSP) plant
to decarbonize an industrial chemical processes.

To this purpose a process configuration compatible with the hybridization with a CSP plant using a binary
mixture NaNO3/KNO3, 60/40 w/w as heat transfer fluid (HTF) was selected.

The adopted chemical reactor is a shell and tube bundle converter with 30000 tubes of 6 m length and 0.025 m
inside diameter that approaches isothermal regime with a productivity of 103 kT/year of styrene if a flowrate of
200 kg/s of molten salt at 560 °C are fed to the shell. The residual enthalpy of the HTF leaving the dehydro-
genation reactor was further injected in the process by vaporizing and pre-heating ethylbenzene and dilution
water.

A cash flow analysis of the hybridized plant was performed considering solar field of increasing size so that the
required solar power of 45 MW can be supplied for longer period of the year. We found that a CSP plant of 70
collectors can decrease CO5 emissions of about 50 % with a rate of return on investment (ROROI) of 9.1 % for the
solar field of the hybridized plant and can grant 410 k€/year of economic benefit arising from the methane and
the lower emissions of CO,. This study demonstrates that solar heat can be used to decarbonize energy intensive
endothermic chemical processes without economic penalty for the plant profitability.

monomers with an annual turnover of $ 43 billion [2,3]. This large
market is due to its versatility in end-uses as it can be polymerized and

Introduction

Industry covered about 37 % of the total energy consumption in 2015
and 2016 and chemical and petrochemical industries are among the
largest energy consumers with an average annual growth of energy
demand in the period 2000 — 2016 of 2 % associated with a 2.5 % yearly
rate of increase in CO5 emission [1].

Most of industrial chemistry productions are addressed to synthesis
of macromolecular materials that are strategic in many applications.

In this context styrene (STY) is one of the most produced vinyl

copolymerized easily to produce a wide variety of plastics, resins and
elastomers such as polystyrene, styrene-acrylonitrile and acryloni-
trile-butadiene-styrene copolymers [4].

Styrene can be produced by catalytic dehydrogenation of ethyl-
benzene (EB) at temperatures between 600 and 800 °C in the presence of
dilution steam at total pressure close to ambient value. In most cases the
operating conditions in commercial reactors are 620 °C and pressure
close to the atmospheric value.

The reaction is highly endothermic and is carried out industrially in

Abbreviations: ANI, aperture normal irradiance; CAPEX, capital expenditure; COM, cost of manufacturing; DDB, double declining balance depreciation method;
dpee, depreciation at the year k; DNI, direct normal irradiation; DCFROR, discounted cash flow rate of return; EB, ethylbenzene; GHG, greenhouse gas; IRR, internal
rate of return (short name for DCFROR); OPEX, operating expense; ROROI, rate of return on investment; SCA, solar collector assemblies; STY, styrene.
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Nomenclature

o reciprocal of the adsorption coefficient of ethylbenzene
AH; reaction enthalpy (kJ mol ™)

€ porosity of the porous beds (void fraction)

Pmix viscosity of the mixture tube side (pP)

pmix density of the mixture tube side (kg m™)

pms density of the molten salts shell side (kg m~)

Pp density of the catalytic pellet (g mL™!)

Cp; specific heat of i-compound (kJ kg™ K1)

CPmix specific heat of the mixture tube side (kJ kg*1 K™
dp diameter of the catalytic pellet (m)

dpe equivalent diameter of catalytic pellet (mm)

f friction factor

F; molar flowrate of i-compound (kmol Y

h, tube-side heat transfer coefficient (W m2 K1)

hms shell-side heat transfer coefficient (W m2 K1)
Kfmix thermal conductivity of tube side mixture (W m!tK™
kfns thermal conductivity of molten salts (W m!'K™h
1, lenght of the catalyst pellet (m)

Liubes length of the tubes of the reactor (m)

Mpellet mass of the catalyst pellet (g)

MCH4 consume of methane per month (kg)

MW, average molecular weight of the tube side mixture

M; mass flow rate of the i-compound

Nu Nusselt number

P total pressure (atm)

Pi partial pressure of i-compound (atm)

Pr Prandtl number

Qm thermal load in each month of the year (MJ)

T; reaction rate (kmol h™! m™3)

Re, tube-side Reynolds number (tubes filled by cylindrical
catalyst pellets)

Rens shell-side Reynolds number

Titubes inlet tube-side temperature (°C)

Tishel inlet shell-side temperature (°C)

Towpes  outlet tube-side temperature (°C)

TOghell outlet shell-side temperature (°C)

U global heat exchange coefficient (kJ m2h~! °C™1)

v spacial velocity (m/s)

Vp catalyst pellet volume (m®)

Vpores pores volume of the catalyst (mL)

X conversion

W/F contact time (W mass of catalyst, F moles of ethylbenzene/
h)

z relative adsorption coefficient of styrene on the catalyst

both adiabatic and isothermal reactors [5]:
C¢HsCH,CH; < CgHsCH = CH, + Hy AHK(600 °C) = 124.9 kI/mol (1)

Competing reactions degrade ethylbenzene to benzene and to coke
and hydrogen:

C¢HsCH,CH; < Cg Hg + CoHy AH, = 101.8 kJ/mol )
C¢HsCH,CH; < 8C + 5H, AH, = 1.72 kJ/mol 3)

The catalytic system also allows, albeit with modest yields, deme-
thanation to toluene:

CGHSCH2CH3 + H2 « C6H5CH3 + CH4 AHr: — 64.5 kJ/mol (4)

At previously mentioned operative conditions (620 °C and 1 atm) the
reversible reaction (7) results in an equilibrium conversion of ethyl-
benzene of about 80 % but the time required to reach equilibrium results
in excessive thermal cracking and selectivity loss, so most commercial
units operate under kinetic control with ethylbenzene conversion
limited to 50-70 % per pass and selectivity to styrene greater than 90 %
[6].

Many catalysts have been proposed to activate reaction (1) and
among them the most used is Shell 105 that consists of 84.3 % Fe20s3,
2.4 % Cro03 and 13.3 % KCO3 and was the first to include potassium as
promoter of the iron oxide active phase [7].

This catalyst was selected as a reference in this study.

To carry out the process with good performances dilution of the
gasified aromatics with steam is mandatory to lower the partial pressure
of hydrocarbons thus minimizing the rate of thermal cracking reactions.

Steam plays also the role of enthalpy vector to drive the endothermic
cleavage and decreases the net rate of catalyst fouling as, in the presence
of the potassium promoters, gasify the deposited carbon by conversion
to carbon dioxide and hydrogen.

The choice of the process as model case study for the decarbonization
of industrial chemistry is also motivated by the marked interest in
finding sustainable alternative production methods because of its high
energy requirements and reliance on fossil fuels.

Use of solar heat for the decarbonization of chemical processes was
initially investigated studying the conversion of natural gas, oil and coal

to hydrogen and carbon/carbon dioxide that can be addressed to
sequestration [8,9]. The research activity extended to solar heat driven
conversion of carbonaceous feedstocks, including biomass, in hydrogen
and syngas by thermochemical processes such as cracking/pyrolysis,
reforming/gasification, and two-step chemical looping processes using
metal oxides as oxygen carriers as recently thoroughly reviewed
[10-15]. Other decarbonization strategies involving chemical processes
are based on the capture of CO3 and its conversion to methanol assisted
by solar heat [16].

Different technologies have been conceived and developed so far to
concentrate the incoming direct solar irradiation (DNI) on a solar
receiver element to generate high-temperature heat (at T > 350 °C).
These include point and linear focusing systems, depending on the ge-
ometry of solar collectors and receivers, resulting on different concen-
tration rates [17]. Each technology has specific features making it more
suitable in specific scenarios, depending of the plant location and size,
land availability, environmental constraints, etc. Current solar tower
plants with central receivers allow to produce heat at temperatures up to
550-600 °C or more and, therefore, are suitable for high efficiency
power generation. Linear focusing systems, such as troughs and Fresnel
collectors, are modular technologies that commonly use thermal oils as
heat transfer fluid up to 400 °C; innovative linear focusing plants use
molten salts to produce heat to temperatures higher than 500 °C
equipped with thermal energy storage (TES) systems to generate dis-
patchable power [18]. Recent studies show the trend to investigate
advanced salts with improved heat transfer properties and stable at
higher temperatures in order to increase the storage capacity and the
overall efficiency of the thermal cycle [19].

In this study we investigated the possibility of increasing the sus-
tainability of an already existing industrial chemical process such as
styrene production by using solar heat stored in molten salts as heat
transfer fluids in substitution of methane combustion. By the adoption of
TES in fluid media, such as molten salts, the solar heat can be used in
conventional chemical reactors that are a more simple technological
option with respect to directly irradiated cavity [20-24], or volumetric
receiver [25-27] solar reactors. Anyway the practical implementation of
this integration is complex and not obvious because requires the
development of a strategy to match economically the intermittent nature
of sun radiation with the continuous operation of a chemical plant
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addressed to the production of a commodity product. Indeed, in the
aforementioned context, the dehydrogenation of ethylbenzene to sty-
rene can be taken as a model of endothermic processes with a high en-
ergy demand and heavy carbon footprint and the results of the study of
its decarbonization using solar heat can be adapted to other similar
chemical industry productions.

The scientific contribution of our study is the definition of a process
lay-out and the formulation of a generally applicable strategy to inte-
grate high temperature solar heat collected by a CSP plant, based on
current state of the art technology, in a conventional catalytic fixed bed
chemical reactor operated at steady state conditions.

The first part of the research activities concerned the study and se-
lection of functional interfaces to couple the two technologies per-
forming the chemical route with performances compatible with
industrial production. Then we studied the economic sustainability of
this strategy taking into account as source of revenue the saved cost of
unburned fuel and not emitted COs.

Proposed chemical plant scheme

From a literature review we found a process technology developed
by BASF (Fig. 1) to perform the dehydrogenation of ethylbenzene using
a fixed bed bundle isothermal reactor. In this plant, most of the enthalpy
of reaction is provided by a furnace (element a in Fig. 1) that heats a
molten salt mixture at about 630 °C. Hot molten salts are fed to the shell
of the catalytic reactor with the catalyst located inside tubes (element c
in Fig. 1) in which a gaseous mixture of steam and ethylbenzene, at
weight ratio of 0.6 to 0.9, is fed at near atmospheric pressure. Further
enthalpy of the molten salt is used to generate dilution steam in heat
exchangers (element d in Fig. 1) while a second furnace (element b in
Fig. 1) is used to superheat the steam up to 600 °C [28].

The conceptual design of the integrated CSP-chemical plant was
based on the aforementioned process configuration with the only
modification that the two fuel furnaces a and b are substituted by the
CSP plant [6].

Then the economic sustainability of the integration was evaluated at
fixed plant productivity comparing the costs of the CSP plant with the
money saved for the lower amounts of emitted COy and consumed
methane. From the study, it was found that the size of industrial plants
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for the production of styrene from ethylbenzene using isothermal re-
actors averages around 100000 tons of styrene produced per year with a
conversion of ethylbenzene close to 65 %. Based on this observation, a
flow rate of ethylbenzene of 180 kmol/h was fixed and treated with a
steam to ethylbenzene weight ratio of 3 at operating pressure of 1 atm.
Inlet temperatures of molten salts in the reactor shell cannot be higher
than 565 °C that is the maximum value achievable in the receivers of the
CSP plant without degrading their coatings.

The HTF leaving the solar field at its maximum temperature (Tmqy)
will transfer sensible heat to the process with the rate (Q) linked to its
flow rate (Mf) and its temperature drop (Tmax —Tmin) according to the
following equation (5):

Q = M/ X Cpy X (T — Tmm) ®)

where C, is the specific heat of the HTF. Therefore, the approaching of
an isothermal regime for the dehydrogenation reactor operating at a
temperature much lower than T, can be obtained only using a large
flow rate (Mf) of the heat transfer fluid with a consequent small tem-
perature drop (Tmgx —Tmin) in the shell of the reactor. This means that the
temperature of the molten salts exiting from the dehydrogenation
reactor (Tmin) is still too high to re-enter in the solar field as coolant of
the collectors (usually, the temperature increase of the HTF in the solar
field is > 100 °C). This constraint about the thermal coupling between
an isothermal reactor operating at relatively high temperatures and a
concentrating solar plant was already considered in previous studies,
such as in solar steam reforming [29,30] and a steam generation unit
was included to recover further part of the residual enthalpy of the HTF
thus significantly lowering its temperature before the recirculation to
the solar field. In the case study analyzed in this paper, the large residual
enthalpy was used to generate and superheat the dilution steam thus
avoiding the need of furnace b in Fig. 1.

Concentrating solar power plant layout

The layout of the concentrating solar plant was based on a pro-
prietary technology developed by ENEA and already used to collect solar
heat for the cogeneration of electricity and heat [18].

The design of the plant was carried out using as a first input

b Fresh EB
—M— Recycled EB
Steam
b
r
-
3/
e
Vent gas

Condensate

Crude
styrene

Steam
condensate

Fig. 1. Process diagram of the BASF plant for isothermal dehydrogenation of ethylbenzene adapted from [6] a)heater; b)steam superheater; c)bundle reactor; d) heat

exchanger; e) condenser.
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parameter the direct normal irradiance (DNI).

In this study, the DNI sequence in the site of Priolo Gargallo in Sicily
(Italy) (37° 9.18'N; 15° 10.56 E) recorded during the years 2006-2012
with average DNI value of 221 W/m? has been assumed as a reference
[31].

To size the CSP plant, its coupling with the chemical process and the
fraction of incident solar radiation actually collected by the surface of
the receiver tubes, namely the aperture normal irradiance (ANI), were
determined for each DNI sequence. The ANI is lower than the DNI
because it includes only the mirror-normal solar radiation component,
proportional to the cosine of the angle between the direction of sun’s
rays and the normal direction to the collector. The ANI also considers
shading effect between solar collectors that depends on the distance
between their rows.

The ANI distribution was calculated from DNI using the eq. (6):

ANI = DNI X Kyod X RowShadow X EnaLoss (6)

where Kpq is the incidence angle modifier that is given by an empirical
equation obtained from the fitting of experimental data for a given type
of collector, RowShadow Provides the shadowing effect and EpgLogs the end
loss effects due to incomplete reflection of the incoming sun rays on the
solar receiver in the ends of linear solar collector rows.

In the case of collectors typically adopted by ENEA and considered in
this study the fitting equation to determine Kp,oq is reported in eq. (7):

Kioa = cos9+9.511E—4 x 9 —3.218E—5 x §° )

where 9 is the incidence angle of solar radiation, i.e. the angle formed by
the direction of the beam radiation on a surface and the normal direction
to that surface. The incidence angle will vary over the course of the day,
as well as throughout the year, and will heavily influence the scavenging
performance of the collectors. RowShadow and EpgLess in eq. (6) can be
determined by eq. (8) and (9):

RowShadow = (Lspacing/ W) % (cos, /cos8) )

where Lgpacing is the center distance of two parabolic trough concen-
trators, W is the aperture width (5.8 m) and 9;, is the solar zenith angle.

EuLoss = 1— (Lf X tan&/L,,) 9
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where L¢ is the focal length and Lp is the length of parabolic trough
(having values of 1.81 and 100 m respectively in the solar field under
consideration).

The as-determined typical ANI sequences in Priolo is reported in a
previous study [16]. Calculation were conducted with the linear para-
bolic collector (solar trough) technology considered by ENEA in previ-
ous studies [18,29,31].

In Priolo an average value of the ANI specific collected solar power of
178 W/m? was found with a maximum radiation value of 964 W/m? and
an annual integral value of 1556 kWh/(m? y).

The monthly distribution of the daily mean value of ANI in Priolo is
plotted in Fig. 2.

Concentrating solar power plant design and layout

The CSP plant considered in this study is based on linear parabolic
trough collectors made of 100 m long solar collector assemblies (SCA)
with 5.8 m effective mirrors’ width, according to a design demonstrated
by ENEA in previous projects [18].

A binary mixture NaNO3/KNOs, 60/40 w/w, namely the “solar salt”,
has been considered as heat transfer fluid (HTF) up to 565 °C [32].

The CSP plant consists of several loops (from 50 to 100 as explained
in the following sections) composed of six SCAs, each 100 m long
(Fig. 3). Therefore, in total, the HTF must flow in each loop for 600 m of
linear pathway in the receiver tubes to collect the concentrated solar
radiation.

The molten salt is pumped from the cold tank (around 423 °C)
through the parallel loops of the solar field where it is heated up to
565 °C and, then, collected in the hot storage tank. For a given value of
the DNI (and ANI), the flow rate of the HTF is tuned to be heated at the
target temperature of 565 °C in each loop of the solar field according to
the strategy that the lower the ANI, the lower the molten salt flow rate.
The flow rate of molten salts q in each loop can reach a minimum value
of 1.5 kg/s: therefore, when the ANI falls below a threshold value (e.g.
after sunset or during cloudy periods) the HTF is recirculated in each
loop of the solar field at its minimum rate of 1.5 kg/s and, if the outlet
temperature of 565 °C could not be reached, the outlet molten salt (at T
< 565 °Q) is directly recirculated to the cold tank because its enthalpy
will not be high enough for the cleavage of ethylbenzene. In this situa-
tion, if the temperature of the HTF exiting the solar field will be higher

HANI

1.47

ANI monthly average daily [ kWh/m2d ]

JAN FEB MAR APR MAY

1.46

JuL AUG SEP ocT NoV DEC

Fig. 2. Monthly distribution of the daily mean value of ANI for Priolo.
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Fig. 3. Scheme of one solar collectors loop (consisting of 6x100 m linear collectors) composing the modular solar field and block diagram of the molten salt loop to
the heat load. q is the flow rate of HTF in each loop (minimum value 1.5 kg/s), Q is the total HTF flow rate collected from the hot TES, Q. is the HTF flowrate sent

to the chemical process.

than 423 °C (but still lower than 565 °C) the recirculation will increase
to some extent the temperature of the salt stored in the cold tank;
therefore, this heat could not be directly used to drive the chemical
process but, being stored in the cold tank, it can be recovered to
compensate heat losses during the night circulation of the HTF in the
solar field [18].

It must be underlined that the flow rate sent to the hot TES tank is
given by the product nq, where n is the number of loops, and that the
flow rate pumped from the hot TES to the chemical reactor can be also
higher than this value thanks to the storage capacity of the vessel.

The efficiency of the solar field is given by the ratio between thermal
energy effectively transferred to the HTF and the normal irradiance on
collectors, i.e. the ANI (W/mz) multiplied by the effective reflecting area
of collectors; typical factors affecting the efficiency of the solar field
have been considered, including solar tracking errors, geometric factors,
reflectance of clean mirrors, receiver tubes absorbance, dust effects on
mirrors reflectance and receiver tubes absorbance, etc.

The operation of a modular design of this kind of solar field has been
recently demonstrated by ENEA [18].

The daily captured solar heat and the number of hours the chemical
process can be driven by solar heat increases with the number of 600 m
length rows connected in parallel, provided that the TES has the capacity
of storing all captured solar heat at 565 °C. This matching extend the
solar operation of the chemical plant for a number of hours when the
direct normal solar irradiation (DNI) drops.

Mathematical model of the chemical reactor

Some assumptions were made to perform the technical-economic
evaluation of the hybridized plant:

- the adopted chemical reactor is an isothermal shell and tube fixed
bed reactor;

- plug-flow was assumed in the catalyst-filled tubes and in the shell of

the reactor;

hot molten salts and cold reaction mixture were placed in pure

equicurrent;

determination of the heat transfer coefficients inside the tubes and in

the shell was carried out using dimensionless correlations reported in

the literature [33];

along the entire length of the catalytic bed, changes in temperature,

conversion and pressure were estimated by integrating the energy,

mass and momentum balance equations assuming the absence of

radial gradients;

the reactor length was determined by fixing to 0.7 atm the maximum

pressure drop in the tubes;

the highest allowable reaction temperature was fixed by the
maximum temperature of the molten salts entering in the shell side of
the reactor (from 550 to 565 °C).

At these temperatures the ethylbenzene dehydrogenation reaction
was considered the only one operating in the reactor, as indicated by the
experimental studies conducted by Carra and Forni [34] that found an
almost quantitative selectivity to styrene at temperatures close to 550 °C
in the presence of Shell 105 catalyst.

The reaction rate was modeled by equation (10) [34] that matches
quite well the kinetics of the process in the temperature range from
495 °C to 630 °C:

ki (Pg — PuPs/K)

aX[dW/[F) == — Py + 2Ps

10

where X is the EB conversion; W/F is the contact time (W: g of catalyst, F:
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moles of ethylbenzene/h); Pg, Py and Pg are the partial pressures of
ethylbenzene, hydrogen and styrene, respectively; k; is the kinetic
constant; z is the relative adsorption coefficient of styrene expressed as
ratio between the adsorption coefficient of the vinyl compound and that
of ethylbenzene; o is the reciprocal of the adsorption coefficient of
ethylbenzene; and K is the equilibrium constant of eq. (1) given by eq.
(11) as a function of temperature:

InK = —15350/T +16.12 an

Conversion, temperature and pressure profiles in the tubes and in the
shell were estimated by simultaneous solution of the differential equa-
tions of the energy, mass and momentum balances using Euler’s method.
All calculations were performed using Microsoft Excel ® software.

The properties of Shell 105 catalyst are listed in Table 1.

The void fraction ¢, used in the Ergun equation, was estimated by the
correlation reported in Banyahia et al. [35].

b

_ 12)
(d,/dye + )

eE=a+

where d, is the tube diameter, dp. is the equivalent diameter of the pellet
and a, b and c are dimensionless parameters that in the case of the
selected Shell 105 cylindrical pellets have the values a = 0.373, b =
1.703, ¢ = 0.611.

The chemical and physical properties of each single component of
the reacting mixture (specific heat, viscosity, thermal conductivities,
etc.) were taken from Perry, R. H., & Green, D. W. (2008) [36]. The
mixture values were estimated using molar fraction based averages.

The properties of the molten salt mixture were estimated by referring

Table 1

Properties of the Shell 105 cylindrical catalyst used in this study.
Properties Value Unit
Density of the pellet (p,) 2.68 g/mL
Diameter of the pellet (d,) 0.003 m
Lenght of the pellet (1) 0.003 m
Volume of the pellet (V) 2.10E-08 m®

Pores volume (Vpores) 0.0102 mL
Mass of the pellet (m;) 0.0568 g
Aspect ratio (I,/d,) 1

Equivalent diameter of the pellet (dpe) 2.6 mm
Void fraction (g) 0.38

Energy Conversion and Management: X 22 (2024) 100546

to an earlier study by ENEA, reported in [37].

The energy (tube-side and shell-side), mass and momentum balances
can be written in finite difference mode. All values and correlations
adopted in this study are listed in Table 2.

Methodology for the economic assessment

In order to assess the economic sustainability of the proposed strat-
egy, a market survey was carried out to estimate the costs of methane
and the related social cost of carbon (SCC) i.e. the cost that the industrial
site must pay annually for the quantities of CO, emitted in the
atmosphere.

It has been seen that at the end of 2021, the average cost of methane
was about 1169.00 € / ton while the SCC was around 96.00 €/ ton [38]
and these values were set as reference.

The tons of CO, emitted by the unit without coupling with the solar
system and those emitted considering the integrated solar system were
estimated. It has to be considered that, even if in the integrated system
the traditional furnace was substituted with CSP, during the year, some
back up energy has to be provided to the plant to compensate the sea-
sonal reduction of solar radiation. In some days of the year, especially in
winter, the sun radiations are not enough to heat the molten salt mixture
till the reaction temperature, and for this reason the hot reservoir of
molten salts goes to its exhaustion. An additional boiler (back-up oven)
is usually joined to the solar plant to heat the mixture to the reaction
temperature when the direct solar irradiation is not enough to reach the
desired target temperature of 565 °C. Specific molten salt heaters (MSH)
have been developed, designed and demonstrated to the pilot or pre-
commercial scale to serve as back-up units for CSP plants [18,39].

The calculation of the tons of CO3 emitted by the furnace of the BASF
plant and by back-up oven was made following the Tier 1 approach
reported in IPCC guidelines of 2006 [40], which refers to the consumed
fuel during stationary combustion processes. Following the methodol-

ogy of Tier 1, we used the fuel consumption (E"%

@ olumnv)) and emission
;

factor e?gzlj as reported in eq. (13) to determine the amount of emitted
COgI

Mgy) = EMV x egg? (13)
where M?gzl’ represents the mass (kg) of carbon dioxide emitted for each
kind of consumed j type of fuel (kg of greenhouse gases GHG), Efi[)‘elj isthe
j fuel consumption expressed in TJ i.e. the mean the energy developed

Table 2
Correlation adopted in the modeling of the reactor.
Correlation description equation
1 energy balance tube side USNt(Tshell‘z - Tmbes\z) +dX/d(W/F )Fﬂmylbe,.msﬂpAH?
ATypes/AZ = Co -
Prmix > M
2 energy balance shell side: AT/ Az USN, (Thett|; — Trubes ;)
CPrmsMms
3 mass balance of the ethylbenzene: AFethylbenzene/ Az = dX/d(W/ F)@thyzbmc"esfb
4 momentum balance was implemented using the steady-state momentum equation from Ergun 150u (1 —¢)? 1.75p(1 — €)
AP/Az ==t Sty =V
D

Where: Az is the thickness of the cylindrical elemental volume selected for the calculations; AT represents the tube side change of temperature of the reaction
mixture between z (Types|,) and z + Az (Typel, 4, ); U is the local global heat exchange coefficient; S is the cross-sectional area of passage of the fluid inside the tubes; N;
is the number of tubes of the reactor; Tgey|, is the temperature of the mixture of molten salts in the shell at z; Tys|, n is the temperature of the reaction mixture in the

tubes at z; dX/d(W/F) is the incremental elemental EB conversion obtained by eq. (10);F°,

ethylbenzene 1S the initial molar flow rate of ethylbenzene entering in the tubes;

AH? is the enthalpy of reaction at Types|,; CPmix is the specific heat of the reaction mixture calculated at Tpes|,; M; are the mass flow rates of the components of the
reaction mixture; AT,y is the temperature change of molten salts in the shell between z and z + Az; Cpy, is the specific heat of molten salts at Tspey|,; My is the mass
flow rates of molten salt mixture; AFpyipenzene iS the difference in the molar flow rate of ethylbenzene calculated between z + Az and z; AP is the pressure drop in the
catalyst loaded tube calculated between z + Az and z; is the reaction mixture viscosity calculated at z; v is the local space velocity of the reaction mixture in the tube at

Z.
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Fuel;

by the burned fuel and ¢, is the emission factor of the j fuel (kg GHG/

TJ).

The emission factors of natural gas was taken by the IPCC guidelines

of 2006, i.e. 56100 kg/TJ.

Table 3
Operating parameters adopted in the reactor design.
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The assessment of the coupling of the industrial process with
concentrating solar plant was made following the Discounted Cash Flow
method. The capital costs to determine the capital investment cost
(CAPital EXpenditure - CAPEX) of the solar system were estimated by
ENEA staff on the basis of internal skills and tools. More in detail, ENEA
considered the effective costs sustained for the realization of a fully-
equipped CSP demo plant (with Thermal Energy Storage, TES, MSH
back-up unit and steam generator) to supply about 5 MW heat rate to a
co-generation (heat and power) process [18]. The units of the CSP plant
(including heat exchanges, TES, etc.) have been scaled-up and costs

Design Parameters Values N X ¢ X R K K
estimated using the typical engineering practices for rough estimate of
ID tubes [m] . . 0.025 the CAPEX. This methodology has been validated by ENEA after ex-
flow rate of molten salts to the chemical process[kgs "] 200 A
Fep [kmolh"] 179.2 change with CSP plant developers.
Fyteam [kmolh™!] 3171.0 The investment costs related to heat exchangers and furnaces were
Titubes) [°C] 550 calculated using the cost indices from Turton et al. [41]. The OPEX, i.e.
Ticshewy [*C] 565 operating expenditure or cost of manufacturing (COM), of the CSP plant
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Fig. 4. A) Conversion profiles, b) temperature profiles and c) pressure drop for shell and tubes reactors designed varying the numbers of tubes, with the nominal
characteristics reported in Table 3 and the maximum allowable pressure drop fixed to 0.7 atm.
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was estimated at 0.03 USD / kWh (i.e. 0.027 € / kWh) as reported in the
IRENA report on the analysis of renewable energy costs [42].

The rate of return on investment (ROROI) which represents the
undiscounted rate at which the money is obtained from the investment
of fixed capital considered, was estimated as per eq. (14), following an
analysis of the cash flow considering a plant life of 20 years, with pro-
duction starting from the 2nd year being the first dedicated to the
construction of the solar plant.

ROROI = Averaged annual net profit/ CAPEX (14)

where CAPEX are the capital expenditures of the plant. The calculations
were made assuming an investment interest rate of 10 % and a revenue
tax rate of 40 %. Depreciation costs were considered using the double
declining balance depreciation method, DDB over a 20-year period,
calculated with equation (15):

deB—z/nx

Where d2P® is the depreciation at year k, calculated with the DDB
depreciation method and n represent the total number of years. The
discounted cash flow rate of return (DCFROR). also termed internal rate
of return (IRR), was then estimated as the interest rate at which the net
present value for each scenario is equal to zero [41].

=0

CAPEX — jkld,] 1s)

Results and discussion
Design of the dehydrogenation reactor

The first step of the study was the design of the molten salt heated
chemical reactor with an iterative method considering the operating
parameters listed in Table 3.

With these values we compared the EB conversion of several reactors
with numbers of tubes ranging from 10000 to 30000 with step of 5000
fixing the maximum allowable pressure drop to 0.7 atm value similar to
that reached in the conventional industrial plant.

As styrene is a commodity chemical, ethylbenzene conversion close
to 65 % must be reached in conventional industrial plant to make
economically sustainable the process [6]. From Fig. 4 results that this
value can be approached in the reactor with 30000 tubes of 6 m length.

The effect of the flowrate of recirculated molten salt inside the shell
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of the reactor was further investigated in the 6 m long bundle reactor
with 30000 tubes changing the value from 50 to 200 kg/s and results in
terms of conversions and temperature profiles are reported in Fig. 5. One
can observe that when a flow rate as high as 200 kg/s was adopted a
temperature drop in the tube-side stream of only 10 °C was estimated
and the reactor approaches isothermal regime.

Further analysis were conducted to study the effect of the internal
diameter of the shell tubes on the conversion, temperature and pressure
profiles of reactors with 20000 and 25000 tubes (Fig. 6). Quite inter-
estingly in these reactors an increase of ID of the tubes from 0.025 to
0.035 m can be used to decrease the linear velocity as well as the
pressure drop and to increase the reactor length up to reach a conversion
similar to that obtained with the 30000 tubes reactor.

Even if a conversion of 60-63 % was reached with all reactors, that
with 25000 tubes and ID of 0.035 m would correspond, according to eq.
(16) [43], to a bundle diameter of 13.5 m, that is 22 % larger of that
obtained with 30000 tubes of 0.025 m ID and then more expensive;
hence this configuration was excluded from further analyses.

InN; — [n0.319
Dbmdle = eXP(( ( ! 2 ) ) (16)

2.142 +In(2 x ID))

As already discussed in a previous section, the HTF flow rate necessary
to approach a isothermal behavior of the reactor is very high (200 kg/s
in Table 2) and the molten salts leaving the reactor shell still store large
enthalpy that can be used to pre-heat water and ethylbenzene streams.

Energy integration was achieved using the hot mixture exiting the
reactor tubes to preheat fresh liquid ethylbenzene mixed with 20 % of
the dilution water and the molten salt leaving the reactor shell to
generate the remaining part of steam by vaporizing and heating 80 % of
the process water. By this choice the temperature of HTF pumped to the
cold TES decreased to 423 °C.

However, by implementing this strategy in the calculations we found
that the inlet reactor temperature of the reactants is lower than 550 °C.
To adjust this value we added before the reactor an additional molten
salt exchanger where the mixed steam/EB feed is heated up to 550 °C
using in the shell side the hot molten salts at 565 °C that are cooled to
560 °C in this unit operation. The definitive process architecture for
solar hybridization is highlighted in Fig. 7 together with the temperature
of the process streams in the different points of the process.

After this lay-out adjustment, a second iteration of the reactor design
was done that showed that the maximum attainable conversion is about
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Fig. 5. Conversion (on the left) and temperature profiles (on the right) of the 6 m long reactor with 30000 tubes as a function of the flowrate of molten salts in the

shell side.
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Fig. 6. A) conversion profiles, b) temperature profiles and c) pressure drop for shell and tubes reactors with 30000 tubes of 0.025 m ID and with 25000 and 20000

tubes with 0.035 m ID.

63 %, allowing a productivity of 103 kT/year of styrene similar to that
achieved by the reference BASF plant developed at industrial scale. The
data in Table 4 show that this result can be obtained with different
volumes of the two reactors selected according to previous consider-
ations. Reactor 2, characterized by a smaller volume and a smaller
amount of catalyst inside the tubes, was chosen being more economical.

By aforementioned iterations we found a reactor geometry and size
similar to that of a traditional fixed bed bundle reactor and we
demonstrated that it can operate at quasi isothermal regime with a HTF
flow rate that is compatible with a solar field equipped with 50-100
rows of parabolic through collectors. The significant residual enthalpy of
the HTF leaving the isothermal reactor can be recovered by steam
generation and ethylbenzene vaporization and pre-heating with a sig-
nificant improvement of the decarbonization of the process.

Assessment of economic sustainability

To make a techno-economic assessment of the coupling of the eth-
ylbenzene to styrene dehydrogenation process with CSP, the solar plant
was sized considering a thermal flow rate transferred to the process fixed
to 45 MW so that both the endothermic dehydrogenation and the steam
vaporization stages could be simultaneously powered. The scenarios
considered change by different areas of the solar plant (i.e., the number
of considered loops of collectors). By this choice if the size of the solar
field increases also the length of time in a year that the process can be
driven by solar heat increases. This strategy allowed us to evaluate the
effect of the numbers of solar loops on the reduction of CO5 emissions for
the decrease of operating time of the back-up furnace. Molten salts are
stored in the hot TES at a temperature of 565 °C and sent to the cold TES
at 423 °C, a temperature derived from the pre-heating of water that
ensures efficient solar system sizing and minimizes the emptying time of

the hot TES. To perform economic evaluations we used as a reference the
BASF plant configuration that is already of industrial interest, and we
estimated the costs of implementing the solar plant and heat exchangers
in relation to the cost of non-consumed methane and not emitted carbon
dioxide. In this framework the CAPEX and OPEX of the chemical plant
and the selling price of the styrene are considered unchanged under the
hypothesis that the economic sustainability of the hybridization with the
solar plant is evaluated comparing the CAPEX and the OPEX of the CSP
with the revenues from non-consumed methane and not emitted CO».
The outcomes of the calculation of the economic analysis were used to
define an annual normalized gain value (NGV), eq. (17), that constitutes
the additional revenue that the chemical plant receive as a consequence
of the hybridization with CSP.

NGV, = net profit valuezo/ZO a7
Where the net profit valuey is calculated over 20 years.

To implement the hybridization the heat load of furnace a and b in
Fig. 1 were replaced with the solar heat from the CSP considering the
enthalpy absorbed by the endothermic cleavage and the heat required to
vaporize and heat up to 550 °C liquid water at 25 °C. Then the fuel
consumed for each individual month of the year (Mcy, ) was determined
according to eq. (18) considering an average lower heating value (LHV)
of methane of 57 MJ/kg:
Mcy, = Om/LHV ¢y, 1s)
Where Qm represents the required heat per month (MJ).

Figs. 8 and 9 show the trends of CO5 emissions as a function of the
considered scenarios that are described in Table 5. When the number of
solar collectors increases, the tons of CO, emitted decreases, especially
in the summer months (Fig. 8).
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Fig. 7. Process diagram of ethylbenzene dehydrogenation plant coupled with a concentrating solar power plant.
Table 4 Table 4 (continued)
Optimized data for the final selection of the bundle reactor for the solar heat R
eactor 1 Reactor 2
assisted dehydrogenation of ethylbenzene to styrene.
Cprz [k kg™ K1 14.82 14.81 14.82 14.82
Reactor 1 Reactor 2 Cpums [kJ kg2 °C™1] 1.54 1.54 1.54 1.54
N, 20000 30000 Cpmix [kJ kg71 Kil] 2.30 2.30 2.30 2.30
ID tubes [m] 0.035 0.025 AH°r [Jkmol '] 123030.64  122953.16  123030.64  122971.28
Vreactor [m°] 462 353 Kfmix [Wm'K '] 0.07 0.07 0.07 0.07
Leubes [m] 6 6 Pmix [HP] 269.59 266.81 269.59 267.79
Catalyst [tonn] 773 590 Mway. 22.72 21.98 22.72 21.98
Molten salts 200 200 pmix [kgm ] 0.34 0.201 0.34 0.11
[kgs ] u [ms™!] 0.82 1.368 1.10 3.39
X (conversion) 62.70 62.75 P[Kpa] 101.33 61.565 101.33 32.56
Inlet Outlet Inlet Outlet Platm] 1.00 0.608 1.00 0.32
Fgp [kmolh™] 179.20 66.60 179.20 66.50 Rep 26.49 26.763 34.60 34.84
Fsr [kmolh™] 0.00 112.59 0.00 112.69 Pr 0.86 0.881 0.90 0.88
Fyz [kmolh™] 0.00 112,59 0.00 112.69 Nu 9.46 9.579 10.80 10.88
Fror [kmolh™] 3350.17 3462.76 3350.17 3462.86 hv [Wm*K™'] 23.45 22.759 38.70 37.64
Mg [kgh™11 19025.88 7071.23 19025.88 7060.49 Rems 309.30 301.000 313.40 304.65
MST [kgh 1] 0.00 11726.54 0.00 11737.06 pms_[kgmfs] 1733.64 1740.364 1733.60 1740.64
My [kgh™'] 0.00 225.19 0.00 225.39 Kfms 0.55 0.547 0.50 0.55
Myater[kgh ] 57077.63 57077.63 57077.63 57077.63 Hpps [Wm?K ] 7.22 7.148 8.30 8.24
r; [kmolh™'m™3] 2.52 0.081 2.52 0.12 U [kJm?h~1°¢™!] 19.87 19.582 24.70 24.33
Keq 0.08 0.060 0.08 0.06
Pgg [atm] 0.05 0.012 0.05 0.01
Psr [atm] 0.00 0.020 0.00 0.01 It is considered, within the CAPEX of the solar plant, the cost of the
Py2 [atm] 0.00 0.020 0.00 0.01 heat exchangers designed to replace the BASF plant furnace b, the
Ttubes [°C] 550.00 537.79 550.00 540.62 resulting CAPEX then used for the Discounted Cash Flow analysis. In
Tehen [°C] 560.32 549.74 560.32 549.31 . . . .
Cpes [kJ kg 1 K] 270 2.68 2,70 2.68 detail, the capital cost was determined as a function of the heat transfer
CPuwater [kJ kg 1 K71] 2.17 2.16 217 2.16 area, configuration and material. The heat exchangers E-101, E-102, E-
Cpsy [kJ kg ' K] 2.53 2.51 2.53 2.51 103 in Fig. 7 were designed using stainless steel as manufacturing ma-

terial. Table 6 reports more details of heat exchangers design.
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Fig. 8. Comparison of CO, emissions per month in the case of a plant totally driven by methane combustion (termed conventional plant), and of EB dehydrogenation
plants hybridized with CSP plants according to the strategies of cases 1, 2, 3, 4 and 5 described in Table 5, i.e. changing the number of solar collectors from 50 to 100.

A salvage value of 10 M€ was considered for the CSP plant. Table 5
shows the CAPEX for the coupling cases assumed in the case of the
ethylbenzene to styrene dehydrogenation process, and Fig. 10 shows the
NGV, ROROI and DCFROR indices for each of the assumed scenarios.
The latter, also termed internal rate of return (IRR), is currently adopted
by economists and engineers to estimate the profitability (or potential
profitability) of projects [44]. The capital cost of the replaced furnace
and exchangers were estimated using the cost indices reported in [41]
using CAPCOST tool.

Through the final evaluation of the discounted cash flow diagram
(Fig. 11), of the rate of return on investment (ROROI) and of the dis-
counted cash flow rate of return (DFCROR) carried out on these cases
and plotted in Fig. 10, it can be concluded that for the cases 1, 2 and 3
ROROI and DFCROR fall within the range of 9.0 to 9.3 % and 10.9 to
11.9 % respectively. Additionally, it is important to take into account the
trend of NGV value, i.e. additional revenue that the chemical plant re-
ceives as a consequence of the hybridization with the CSP plant. This
value has a maximum when a solar field with 70 solar collectors is
considered (case 3), but then decreases for larger solar field. This hap-
pens because, with larger CSP plant, part of the collected solar heat
cannot be stored during some periods of the year. In these periods
“dumping” conditions with solar power overproduction lead to wasting
the excess incoming solar radiation (measured as dumping % in Table 5)
by defocusing some collectors. Then the incremental cost of the CSP
plant is accompanied by a lower incremental reduction of the emissions
of carbon dioxide and for this reason is less economically compensated.
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Fig. 9. Percentage of tons of CO, saved by coupling the ethylbenzene to styrene
dehydrogenation process with the concentrating solar power plant (Cases 1-5
described in Table 5), i.e. changing the number of solar collectors from 50 to 100.

Table 5
Assessment of CAPEX due to coupling of reactor of dehydrogenation of ethylbenzene to styrene with CSP plant.

Case 1 Case 2 Case 3 Case 4 Case 5
Nr. of solar collectors 50 60 70 80 100
Nominal Power to chemical plant (MW) 45 45 45 45 45
Area of the solar plant (m?) 163,699 196,439 229,179 261,919 327,398
Cost due to the solar collectors and piping 35 M€ 42 M€ 50 M€ 57 M€ 71 M€
Cost of the pump 2 M€ 2 M€ 3 M€ 3 M€ 3 M€
Cost of the valves 1 M€ 1 M€ 1 M€ 2 M€ 2 M€
Cost of the salts 13 M€ 13 M€ 13 M€ 13 M€ 13 M€
Cost of the storage tank 1 M€ 1 M€ 1 M€ 1 M€ 1 M€
Other expenditures (insulation, electric parts, etc.) 0.3 M€ 0.3 M€ 0.3 M€ 0.3 M€ 0.3 M€
Furnace/boiler for back-up energy 1.7 M€ 1.7 M€ 1.7 M€ 1.7 M€ 1.7 M€
Cost of heat exchangers (E-101, E-102, E-103) 2.1 M€ 2.1 M€ 2.1 M€ 2.1 M€ 2.1 M€
Cost of the civil works due to the solar plant 3 M€ 4 M€ 4 M€ 5 M€ 6 M€
Conventional furnace (BASF plant) — 4 M€ — 4 M€ — 4 M€ — 4 M€ — 4 M€

substituted by CSP

CAPEX 55 M€ 63 M€ 72 M€ 81 M€ 96 M€
OPEX 4 M€ 4 M€ 5 M€ 6 M€ 6 M€
Savings of CO, (tonn/anno) 27,341 32,811 37,353 41,057 46,266
Saved fuel (tonn/anno) 9373 11,248 12,805 14,074 15,860
Dumping (%) 0.0 0.0 5.3 11.3 22.7

11
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Table 6

List of design characteristics for the determination of the capital cost of heat

exchangers reported in Fig. 7.

Energy Conversion and Management: X 22 (2024) 100546

We can conclude that scenario 3 is the most rewarding as it generate
0.41 M€/year of financial benefit in the economy of the plant. The
aforementioned values of DFCROR are close to the upper limit of the

Heat Exchanger Type Area (m?) N. of shell range estimated by McKinsey using its Innomatics proprietary innova-
E101 Floating Head 3 tion .database. and tool th.?lt covers. approximately 130 bus.mess units of
E-102 Floating Head 1 leading chemical companies and gives rate of returns ranging between 5
E-103 Floating Head 1 and 10 % for new technological innovation in chemical processes in the
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Fig. 10. Evaluation of the ROROI, and annual NGV of the integrated plant for the scenarios assumed in Table 5.
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Fig. 11. Discounted Cash flow diagrams obtained downstream of the economic analysis performed for the dimensioned cases and shown in the Table 5.

12



C. Prestigiacomo et al.
market sector of commodity [45].
Conclusions

The chemical and petrochemical industries are among the largest
energy consumers with an average annual growth of energy demand in
the period 2000 — 2016 of 2 % associated with a 2.5 % yearly rate of
increase in CO, emission. The achievement of suitable decarbonization
strategy for this important sector would be an important goal to make
more sustainable goods that are often difficult to be substituted.

In this context we wanted to study the possibility of using concen-
trated solar heat as renewable source in substitution of heat generated
by combustion of methane to drive energy intensive endothermic
processes.

The dehydrogenation of EB to STY was used as model process and the
study was organized to find a chemical plant configuration compatible
with the coupling with a CSP plant using a binary mixture NaNOs/
KNO3, 60/40 w/w as HTF heated at 565 °C and to assess the economic
sustainability of the hybridization strategy.

We found that a plant architecture based on a shell and tube fixed
bed reactor can be adapted to the solar plant and can operate with 63 %
conversion per pass of EB that makes possible a productivity of 103 kT/
year of STY under isothermal regime provided that hot molten salt at
560-565 °C are fed to the shell with a flowrate of 200 kg/s. The residual
enthalpy of the HTF exiting the reactor was further injected in the
process by vaporizing and pre-heating ethylbenzene and water fed to the
reactor.

Using a CSP plant of 70 collectors a reduction of emission of CO5 of
about 50 % can be obtained with a ROROI of 9.1 % and a DFCROR of
11.9 % for the solar part of the hybridized plant and with 410 k€/year of
economic benefit for methane and CO5 savings.

This study demonstrates that the use of concentrated solar heat can
be an effective option to decarbonize energy intensive endothermic
chemical processes.
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