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A B S T R A C T

This study presents a three-dimensional computational particle fluid dynamic (CPFD) simulation of sorption- 
enhanced gasification (SEG) using almond shells as feedstock. A detailed biomass characterization, including 
devolatilization behavior and gasification at two different steam-to-biomass ratios, was conducted. The devo
latilization tests were performed at a temperature between 600 and 850 ◦C to derive the kinetic of this funda
mental step. Then gasification tests were performed using a lab-scale fluidized bed reactor. A mixture of olivine 
and dolomite served as the bed material. Experimental data, including gas yield, tar formation, and hydrogen 
production, were used to tune and validate the CPFD model. Results showed that increasing the steam-to-biomass 
ratio from 0.5 to 1.0 increased hydrogen yield from 70.2 % to 78.8 %. In contrast, gas yield increased from 0.76 
to 0.80 Nm3/kg confirming the positive impact of the in-situ CO2 capture on syngas quality with tar content 
ranging from 9.5 to 11.6 g/Nm3. Char yield decreased from 39.6 % to 36.0 %. The model closely predicted 
gasification behavior, though some discrepancies in tar formation were observed.

1. Introduction

The global transition towards cleaner and renewable energy sources 
has intensified interest in biomass and waste materials as carbon-neutral 
alternatives in the fossil-based energy infrastructure and a sustainable 
option for producing bio-based materials [1,2]. According to the Inter
national Energy Agency, achieving net-zero emissions by 2050 will 
require bioenergy to account for up to 20 % of the global energy supply 
[3].

Gasification represents a promising technology for converting 
organic material into syngas, a valuable fuel mixture primarily 
composed of H₂, CO, CO₂, and CH₄ [4]. Among gasification processes, 
steam gasification is particularly notable for its ability to produce 
hydrogen-rich syngas [5]. Utilization of the product gas for heat and 
power production is already supported by various renewable energy 
schemes [6]. Furthermore, syngas can be used to synthesize products 
such as synthetic natural gas (SNG), Fischer-Tropsch fuels (e.g., aviation 
fuels), and chemical building blocks [7,8].

Gasification also holds significant potential for bio‑hydrogen pro
duction, offering an economically viable pathway [9,10]. However, 
thermodynamic equilibrium limits conventional biomass gasification, 
restricting hydrogen yield and leading to diluted hydrogen due to the 
formation of CO, CO₂, and CH₄ [11].

Sorption Enhanced Gasification (SEG) has been proposed as a 
promising process that integrates CO₂ capture during gasification, 
shifting the equilibrium of key reactions, such as the water-gas shift 
(WGS), towards increased H₂ production [12,13]. This process uses solid 
sorbents, such as CaO, which undergo cyclic carbonation and calcina
tion to capture and release CO₂ during gasification, allowing the in-situ 
removal of CO₂, enhancing hydrogen production while also reducing tar 
formation [12].

A dual-fluidized bed (DFB) gasification system, which couples a 
carbonator/gasifier and calciner/combustor reactors, enables feedstock 
conversion at temperatures between 600 and 700 ◦C, while capturing 
CO₂ with the CaO sorbent. The sorbent is regenerated in a separate 
reactor operating at 800–900 ◦C, where the captured CO₂ is released. 
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SEG offers several advantages over conventional gasification, including 
higher hydrogen yields and the ability to operate at lower temperatures, 
thereby reducing energy consumption. Lower operating temperatures in 
SEG limit the char gasification, resulting in lower gas yields but allowing 
increased char recirculation to the combustor, reducing the need for 
auxiliary fuel. Additionally, the H₂-to-CO ratio in the product gas can be 
controlled by adjusting the process temperature or the bed material 
circulation rate [14].

However, the cyclic of carbonation and calcination presents chal
lenges such as sorbent deactivation due to sintering and attrition, 
gradually reducing CO₂ capture efficiency [15]. Recent studies have 
focused on improving the longevity and reactivity of CaO-based sorbents 
by introducing dopants or using alternative materials like dolomite 
[16,17]. Furthermore, the optimizing operational parameters, such as 
the steam-to-biomass ratio (S/B), gasification temperature, and bed 
material circulation rates, plays a critical role in maximizing hydrogen 
yield and minimizing char and tar formation [18].

While experimental research provides valuable insights into the SEG 
process, capturing the complex multiphase interactions between feed
stock particles and devolatilization, fluidized bed material, gaseous 
species, and CO₂ capture remains challenging. Computational Particles 
Fluid Dynamics (CPFD) enables the simulation of flow patterns, process 
kinetics, fluid dynamics, thermodynamics of the process under various 
conditions, and particle-fluid interactions in ways that are difficult to 
achieve through experiments alone [19–22]. Accurately modelling these 
interactions is essential for the designing, optimizing, and scaling-up of 
fluidized bed reactors [23].

The CPFD method, implemented in Barracuda VR® software, is 
based on the MP-PIC model and employs a Lagrangian-Eulerian 
approach. In this framework, the gas phase is treated as a continuous 
fluid characterized by its own density, temperature, and velocity, while 
the solid phase is modeled as a discrete Lagrangian entity. The two 
phases are fully coupled, accounting for interactions such as turbulence, 
heat, mass, and momentum exchanges between the solid and fluid 
phases. Particles are categorized by size, species, and other factors, and 
collisions are modeled as spatial gradients on the Eulerian grid using an 
isotropic solid stress function, which is then interpolated onto the 
discrete particles. The stress function is influenced by the solid volume 
fraction, and accurate interpolation requires that the size of the physical 
particles be small relative to the Eulerian grid. This method allows the 
simulation of various fluid-solid flow regimes, ranging from bubbling 
near the close-packing limit to more dilute conditions. One advantage of 
this model is that particles move independently, enabling the use of GPU 
parallel processing. Additionally, the approach supports larger time 
steps, making long-term simulations more feasible, as the CPFD method 
can operate on coarse grids without sacrificing accuracy.

Barracuda® is currently used by many research groups to study 
reactive processes in fluidized beds. These studies show that the soft
ware is universally accepted as a tool for investigating such processes, 
providing results that are consistent with experimental data and offering 
valuable insights for understanding the various phenomena.

Kraft et al. [19] modeled an 8 MWth steam gasification dual fluidized 
bed. The model successfully predicted product and flue gas composi
tions, as well as temperature profiles, with reasonable precision. Zhu 
et al. [21] successfully numerically investigated biomass gasification 
with CO2 in a pilot plant circulating fluidized bed (CFB) gasifier via a 
reactive multiphase particle-in-cell (MP-PIC) model by means of Bar
racuda VR®. Kong et al. [24] simulated biomass gasification in a three- 
dimensional pilot-scale dual fluidized bed (DFB) with complex geo
metric structure by means of Barracuda VR®. The thermochemical be
haviors of bed materials and biomass particles were investigated, and 
the impacts of several key operational parameters (such as temperature, 
steam-to-biomass ratio, and equivalence ratio) on gasification perfor
mance were revealed. Guo et al. [25] simulated a dual fluidized bed, that 
combines biomass gasification and CO2 capture, with adsorbent regen
eration, by means of Barracuda VR®. They analyzed the influence of 

several key operating parameters on gasification performance and the 
adsorbent content. The mole fraction of H2 increased by 54.6 % 
compared to the process without capture. Liu et al. [26] evaluated the 
influence of the particle size distribution and the drag model, in a three- 
dimensional dual fluidized-bed biomass gasifier, using Barracuda VR®. 
The model predicted the gas composition and the reactor temperature 
distribution in comparison to experimental data.

CPFD simulations results particularly valuable for studying sorption- 
enhanced processes because it allows to consider the CO₂ continuously 
removed from the gas phase and the contemporary formation of CaCO3 
within the bed, which is essential to evaluate the performance of the 
process and for understanding the sorbent circulation rate and regen
eration needs. Furthermore, the effect of S/B on the extent of the reac
tion, the efficiency of CO₂ capture, and the composition of syngas can be 
evaluated [25].

Accurately modelling reaction kinetics, including devolatilization, 
primary gasification reactions, and secondary CO₂ sorption reactions, is 
critical to predicting SEG system performance under different condi
tions. A major advantage of CPFD is its ability to integrate experimental 
data into predictive models. For example, experimental results on 
devolatilization and syngas composition can be used to validate CPFD 
models, ensuring they reflect real-world behavior [22].

By integrating experimental data with CPFD simulations, this study 
aims to deepen understanding of the SEG process, identify optimal 
operating conditions, and provide guidance for the scale-up and 
implementation of gasifier reactors with calciners. The experimental 
tests focus firstly on biomass devolatilization, emphasizing the kinetic, 
distribution and composition of gas, char, and tar produced. Gasification 
tests were conducted in a laboratory-scale reactor. These experiments 
provide detailed input data for the CPFD model, developed using Bar
racuda software.

The CPFD model is tuned and validated using experimental data. 
This approach ensures that the model accurately predicts the SEG pro
cess behavior and can be used to explore a wide range of operating 
conditions, allowing for optimization without the need for costly and 
time-consuming experiments.

2. Material and methods

2.1. Material

Almond shells with an average particle size of approximately 1.5 mm 
were used for the tests. The characterization of the material is reported 
in Table 1.

Thermogravimetric analysis (TGA) was performed to determine 
moisture, volatile matter and ash content using a Linseis STA 1000, 
following the ASTM D7582 standard. A PerkinElmer 2400 Series II 
elemental analyser was used to determine the C, H, N, S contents in 
accordance with the ASTM D3178 standard. The oxygen content was 
estimated by difference.

Table 1 
Characterization of almond shells.

Particle density 613.5 kg/m3

Proximate analysis
Moisture 7.69 wt%dry

Volatile matter 70.62 wt%dry

Fixed carbon 20.21 wt%dry

Ash 1.48 wt%dry

Ultimate analysis
C 49.90 wt%dry_ashfree

H 6.30 wt%dry_ashfree

N 0.51 wt%dry_ashfree

S 0.02 wt%dry_ashfree

O 43.27 wt%dry_ashfree
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2.2. Devolatilization setup and tests procedure

The devolatilization behavior of the material was studied by using 
the test rig represented in Fig. 1. The complete description of the system 
is reported in a previous work [27].

The system consists of a fluidized bed reactor with inert quartz sand 
(Sauter Diameter, d3,2 = 250 μm) that works at the same fluidization 
velocity of the gasifier (twice the minimum fluidization velocity, umf 
(m/s)) to reproduce similar conditions in terms of heat and mass 
transfer.

Two K-type thermocouples were used to monitor the bed tempera
ture (T1) and outlet gas temperature (T2). T1 is used to properly pro
gram the electric oven to maintain the bed at the process temperature, 
while T2 is used to set a heating tape in order to maintain the outlet tube 
at temperature as high as to avoid the condensation of heavy 
compounds.

Nitrogen or air is used as fluidization agents during the devolatili
zation and combustion phases, respectively. The flow rates were regu
lated by Mass flow controller (MFC—Bronkhorst El Flow Select).

The devolatilization tests were conducted by feeding the material 
directly into the fluidized bed from above according to the following two 
procedures: 

• Batch tests at 600, 725, and 850 ◦C determining the devolatilization 
times versus temperature.

• Semi-continuous feed tests at 670 ◦C to derive the product compo
sition in terms of syngas volume fractions, tar and char.

To derive the devolatilization time, several batches are injected into 
the reactor. Between one injection and the next, the output gas flow rate 
stabilizes to the initial nitrogen flow rate. The outlet flow rate and 
pressure trends are measured and analyzed.

By performing the same procedure for each temperature, the 
decomposition times trend is obtained. The data are then used to derive 
the kinetic expression according to the procedure already developed in a 
previous work [28].

The complete analysis of the product released during the devolati
lization phase for almond shells is obtained with semi-continuous tests 
on the devolatilization test rig that consists of the injection of batches of 
material every 30 s for 25 min; then the fluidization agent switched from 
nitrogen to air for the combustion phase to burn and quantify all the 
residual char. The produced gas flow rate was measured during both 
phases of the test using a mass flow meter (MFM – Bronkhorst®) while 
the composition was analyzed using ABB online analyzers (Caldos and 
Uras). In particular, H2, CO, CO2 and CH4 were detected during the 
devolatilization phase, while CO and CO2 during the combustion phase.

Downstream the reactor, the gas flows through a series of impinger 

bottles filled with organic solvent (isopropanol) maintained at − 10 ◦C to 
solubilize the aromatic hydrocarbons. After the test, a sample of the 
solution was collected for offline analysis with GC–MS (Agilent 7890) to 
identify and quantify the aromatic compounds produced.

A slipstream of the produced gas was collected during the devolati
lization step to perform offline analysis for the detection of C2-C4 
compounds by using a Micro-GC (Agilent 990).

2.3. Gasification setup and tests procedure

Fig. 2 shows a schematic representation of the lab-scale gasification 
test rig used for the tests. A complete description of the system is re
ported in [22].

The system includes a fluidized bed reactor (ID = 10 cm and h = 85 
cm) with a mixture of olivine and calcined dolomite as bed material (50 
wt%). Table 2 reports the main characteristics of the bed materials and 
the relative minimum fluidization rate and fluidizing agent flow rate 
used for the test.

Three K-type thermocouples are inserted in the bed, freeboard and 
outlet gas to monitor the system temperature during the test. Moreover, 
the bed temperature is used to set the electric oven for heating up the 
reactor.

A mixture of nitrogen and steam was used as gasifying agent with the 
flow rates regulated by a mass flow controller (MFC - Bronkhorst El Flow 
Select) and a peristaltic pump, respectively.

The biomass was fed to the reactor from the upper part by means of a 
screw conveyor.

Table 3 reports the operating conditions used for the test.
The produced gas was cooled, and the residual steam condensed 

downstream of the reactor by a series of condensers maintained at 274 
K. A vacuum pump enabled gas circulation in the plant (VP1).

The dried syngas was continuously analyzed by online ABB analyzers 
for the detection of H2, CO, CO2, CH4, while the flow rate was measured 
by mass flow meter (MFM – Bronkhorst®).

Once the system reached steady state, the vacuum pump (VP2) was 
used to spill 1 Nl/min of syngas through the tar sampling unit. This unit 
consists of a series of impinger bottles with isopropanol, maintained at 
40 ◦C and − 10 ◦C (in accordance with CEN/TS 15439 standard), to 
solubilize the aromatic compounds produced. As in the devolatilization 
tests, a solution sample was collected for offline analysis using GC–MS 
(Agilent 7890).

Moreover, during steady-state operation, a gas sample was collected 
for offline analysis with an Agilent 990 Micro-GC to evaluate light 
hydrocarbons.

Before each test, the reactor was initially fed with air during the 
heating phase until the operating temperature was reached. Subse
quently, the air was replaced with a steam‑nitrogen mixture. The test 
began after detecting the water drop from the first condenser, and it can 
be subdivided into three phases: 

• Sorption-enhanced gasification
• Calcination of the bed material at 900 ◦C
• Combustion of the remaining char

At the end of the gasification phase, condensed water was recovered 
and measured to evaluate the average water content in the syngas. Next, 
calcination of dolomite was performed by heating the reactor to 900 ◦C 
with nitrogen as fluidizing agent, and the amount of captured CO2 was 
determined.

After the calcination phase, unreacted char was quantified by feeding 
air to the reactor and analyzing the produced gas in terms of flow rate 
and composition.

To evaluate gasification performance, water conversion, char and 
gas yield were calculated according to the following equations (Eqs. (1), 
(2) and (3)).

Water conversion (H2Oconv) was calculated by: Fig. 1. Devolatilization bench scale rig [27].
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H2Oconv(%) =
mH2O,IN − mH2O,OUT

mH2O,IN
(1) 

where mH2O,IN (kg) is the sum of the steam fed into the reactor and the 
moisture of the biomass, while mH2O,OUT (kg) is the water recovered from 
the condenser.

Gas yield (YG) was calculated as: 

YG

(
Nm3

/
kgBiom,dry

)
=

Q̇gass

ṁBiom,dry
(2) 

where Q̇gass is the volumetric flow rate (Nm3/h) of gas during gasifica
tion phase, determined by the total gas flow rate, measured by the mass 
flow meter, multiplied by the volume fraction of each species as 
measured by the ABB analyzers, and ṁBiom,dry is the mass flow rate of dry 
biomass fed to the reactor (kg/h).

The char yield (YC) was calculated as: 

YC

(
gchar

/
kgC,Biom

)
=

∑

i=CO,CO2

ni,combMWC

mC,Biom
(3) 

where ni,comb is the mole of CO, CO2 in the outlet gas during the com
bustion phase, PMC is the molecular weight of carbon, and mC,Biom(kg)
refers to the amount of carbon fed into the reactor (calculated as the 
biomass feeding rate multiplied by the carbon content of the biomass).

2.4. Computational model

2.4.1. Governing equations
The CPFD method, implemented in Barracuda VR® software, is 

based on the MP-PIC model and employs a Lagrangian-Eulerian 
approach [30,31]. In this framework, the gas phase is treated as a 
continuous fluid characterized by its own density, temperature, and 
velocity, while the solid phase is modeled as a discrete Lagrangian en
tity. The two phases are fully coupled, accounting for interactions such 
as turbulence, heat, mass, and momentum exchanges between the solid 
and fluid phases. Particles are categorized by size, species, and other 
factors, and collisions are modeled as spatial gradients on the Eulerian 
grid using an isotropic solid stress function, which is then interpolated 
onto the discrete particles. The stress function is influenced by the solid 
volume fraction, and accurate interpolation requires that the size of the 
physical particles be small relative to the Eulerian grid. This method 
allows the simulation of various fluid-solid flow regimes, ranging from 
bubbling near the close-packing limit to more dilute conditions. One 
advantage of this model is that particles move independently, enabling 
the use of GPU parallel processing. Additionally, the approach supports 
larger time steps, making long-term simulations more feasible, as the 
CPFD method can operate on coarse grids without sacrificing accuracy.

The CPFD method utilizes the finite volume approach for solving the 
governing equations. The scalar and momentum equations are dis
cretized on a staggered grid and the time derivative is approximated by a 
backward difference [31].

Pressure, velocity, and density are interconnected via a pressure 
equation, which is derived from mass conservation principles, while the 
ideal gas law is used to relate pressure and density. The default advec
tion scheme in Barracuda® is the second order Partial Donor Cell 
method [32]. The Partial Donor Cell scheme is a weighted average of 
central difference and upwind convection. A limiter is applied to auto
matically weigh the central difference and upwind quantities. The 

Fig. 2. Gasification bench scale rig [29].

Table 2 
Main properties of calcined dolomite and olivine used as bed material.

Material Calcined dolomite Olivine

Density (kg/m3) 1650 3300
Sauter mean diameter (mm) 330 255
Minimum fluidization velocity at 670 ◦C (m/s) 0.043 0.044
Fluidizing agent flow rate (m3/s) 8.6 E-4 8.4 E-4

Table 3 
Summary of the main gasification test operating condition.

Biomass feed rate 10.6 g/min

Bed temperature 670 ◦C
Steam to biomass 0.5–1 kgSteam/kgC_Biomass

Water feed 5.4 g/min
Tar sampling duration 30 min
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specified time step is effectively a maximum time step since the actual 
time step may be limited by the CFL number or temperature changes. 
The defaults for CFL are: values of 0.8 for the min and 1.5 for the max. 
During each time step, Barracuda VR® uses an iterative solution method 
to calculate fluid and solid states (pressure, temperature, velocities, etc.) 
that satisfy the underlying differential equations for mass, momentum, 
and energy transport. Each iteration that the solver runs will progres
sively increase the degree to which the differential equations are satis
fied, thereby decreasing the error at each point. The summation of errors 
existing within the solution forms the residual which can be used to 
determine whether the solution has converged to an acceptable level. 
The default residuals are: 1e-07 for Volume, 1e-06 for Pressure, 1e-07 
for Velocity, 1e-06 for Energy.

To model turbulence, the Large Eddy Simulation (LES) technique is 
applied [33], with the sub-grid viscosity calculated using the Smagor
insky model [34]. Particle to wall interaction is accounted by mo
mentum normal and tangential retention coefficients, while particle-to- 
particle interaction is accounted by the Maximum momentum redirec
tion from collision (default 40 %) [34,35]. The software implements a 
blended drag model defined as Wen and Yu [35] (DWY) and Ergun [36] 
(DErgun), and the particle stress model of Harris and Crighton [37] to 
simulate particle-particle collisions. A blended acceleration model was 
used to consider the inhibition of relative motion between particles of 
different sizes or densities [38].

A summary of the equations applied for the MP-PIC method utilized 
by BARRACUDA VR ® is reported in Table 4.

During the simulation, the variables of interest (outlet gas compo
sition) were monitored. It was seen that after 30 s these quantities reach 
a constant value over time. Simulations were conducted by means of 
Barracuda VR® CPFD software, version 20.1.0 (2020), on an ENEA 
CRESCO® machine with a quad-core Intel® Xeon® E5620 CPU and a 
NVIDIA TESLA V100-PCIE GPU, utilizing 15,360 CUDA cores and 
achieving up to 1.43 Teraflops of double-precision and 4.29 Teraflops of 
single-precision peak performance.

2.4.2. Reaction kinetics
After the introduction of wet biomass into the reactor, the temper

ature increase leads first to the release of the feedstock moisture. Then, 
during the devolatilization phase, the thermal decomposition of the 
main biomass constituents, primarily cellulose, hemicellulose and 
lignin, progressively produces volatiles. This process involves complex 

chemical reactions, including the breaking of chemical bonds within the 
biomass structure, leading to the formation of various gases and solid 
residues.

It results in the formation of permanent gas species (CO, CO2, CH4, 
H2), light (non-condensable) hydrocarbons (CnHm), condensable spe
cies, which include aromatic compounds and water, and carbon-rich 
solid material (char).

In this study, the drying and devolatilization phases were assumed to 
occur simultaneously, in a single step, due to the rapid heating rates and 
the relatively small size of the biomass particles. Although the thermal 
decomposition of solids is a complex phenomenon that involves highly 
intricate kinetics, it can be effectively approximated using a first-order 
kinetic model with apparent parameters that adequately represent the 
process [39,40].

This approach has been widely applied in the literature and was also 
employed in a previous study by the authors [28], where a first-order 
kinetic model was developed to effectively integrating the complex 
heat transfer phenomena occurring within the particle and between the 
particle and the fluidized bed.

The use of this simplified kinetic model allows for an accurate fitting 
of experimental devolatilization times and while ensuring compatibility 
with simulation software, where first-order kinetics are commonly 
included as system input parameters.

The kinetic expression for the particle decomposition is provided in 
Eq. (4): 

dmi

dt
= − Aiexp

(

−
Ei

RT

)

⋅miAi = BiTCi (4) 

where T is the temperature (K), mi is the particle mass (kg), Ai is the pre- 
exponential factor, and Ei is the activation energy (J/mol). The term Ci 
accounts for the effect of temperature on the pre-exponential factor.

The product distribution and volatiles composition were derived 
from experimental tests designed to simulate experimental operating 
conditions as described above in the previous section. According to the 
work of [41], the produced water is considered the sum of moisture 
initially present in the biomass and the pyrolytic water generated during 
the decomposition of organic compounds.

The mass balance of the devolatilization phase can be represented by 
the following equations: 

Biomass→α1Volatiles+α2Char+α3Ash
∑

αi = 1 (5) 

Table 4 
Summary of the governing equations for gas and particle phases implemented in BARRACUDA VR ®.

∂
(
εgρg

)

∂t
+ ∇⋅

(
εgρgug

)
= δṁp

Continuity equation gas phase

∂
(
εgρgug

)

∂t
+ ∇⋅

(
εgρgugug

)
= − ∇p − F+ εgρgg+ ∇⋅

(
εgτg

) Momentum transfer equation gas phase

∂fd
∂t

+ ∇⋅
(
fdup

)
+ ∇up ⋅

(
fdap

)
= 0 Equation for solid phase description

fd =
(
x, up, ρp,Vp, t

)
Liouville probability distribution function

δṁp = − ∭ fd
dmp

dt
dmpdupdTp

Equation for source term of continuity equation

F = ∭ fd
(

mp

[

Dp
(
ug − up

)
−

1
ρp
∇p

]

+ up
dmp

dx

)

dmpdupdTp
Interphase momentum exchange equation

εp = ∭ fd
mp

ρp
dmpdupdTp

Particle volume fraction

τ =
10⋅Ps⋅εβ

p

max
[(

εcp − εp
)
, α
(
1 − εp

)]́
Solid stress model equation

Dp = CD⋅
3
8

⋅
ρg

ρp
⋅
⃒
⃒ug − up

⃒
⃒

rp

Inter-phase drag function

DWYE =

⎧
⎪⎪⎪⎪⎨

⎪⎪⎪⎪⎩

DWY

(
DErgun − DWY

)
(

εp − 0.75εcp

0.85εcp − 0.75εcp

)

DErgun

+ DWY 

εp < 0.75εcp
0.75εcp < εp < 0.85εcp

εp > 0.85εcp

Drag model equation
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Volatiles→Permanent gas+ Light hydrocarbon+Tar+Moisture
+Pyrolytic water

(6) 

These equations represent the conservation of mass during thermal 
decomposition. The coefficients α1;α2; α3 are the fractions of biomass 
converted into volatiles, char, and ash respectively. The sum of these 
coefficients equals one, ensuring that all mass is accounted for.

The devolatilization products undergo several serial and parallel 
reactions, both among themselves and with the surrounding gases. 
These secondary reactions can lead to the formation of additional 
products or the alteration of existing ones. For instance, tar compounds 
might crack into lighter gases or recombine into more complex struc
tures, depending on the reaction environment [41].

For the gasification phase, both homogeneous gas phase reactions, 
and heterogeneous reactions, which involve solid materials like dolo
mite and char, are considered. The reactions and their corresponding 

kinetics, as taken from the literature, are summarized in Table 5.
In particular, the rate expression for the CO2 sorption reaction is 

based on the model developed by Stendardo and Foscolo [49], which 
used a particle grain model approach to describe the carbonation pro
cess. This model is characterized by an exponentially decreasing diffu
sion coefficient as a function of CaO conversion through the CaCO3 layer 
produced on the CaO grain and a first-order surface reaction. As 
carbonation proceeds, the formation of the CaCO3 layer leads to a 
volumetric expansion of the grains due to the differing molar volumes of 
CaCO3 and CaO. This results in an increasing diffusion resistance for 
CO2, along with a reduction in porosity. Thus, diffusion through the 
product layer becomes the rate-limiting step.

In the software, the carbonation reaction is defined as a discrete 
particle reaction. A complete description of all the terms of the rate 
expression is reported in the Supplementary material.

A trial-and-error approach was used for tuning the kinetics according 

Table 5 
Literature reaction kinetics.

R1 C(s)+ H2O→CO+ H2 r1 =
kw1 [H2O]

1 +

(

kw1/kw3

)

[H2O] +

(

kw2/kw3

)

[H2]

kw1 = 5342 T exp
(

24500
/T

)

kw2 = 0.00785 exp
(

6530
/T

)

kw3 = 1.64⋅109 exp
(

29200
/T

)

[42,43]

R2 C(s)+ CO2→2CO
r2 =

kc1[CO2]

1 +

(

kc1/kc3

)

[CO2] +

(

kc2/kc3

)

[CO]

kw1 = 1350 exp
(

− 22600
/T

)

kw2 = 0.0378 exp
(

− 10600
/T

)

kw3 = 8.83⋅107 exp
(

− 27100
/T

)

[43,44]

R3f CO+ H2O→CO2 + H2 r3f = 2.79 exp
(

− 1513
/T

)

[CO][H2O]
[45]

R3r CO2 + H2→CO+ H2O
r3r = 157.89 exp

(

− 910
/T

)

[CO2][H2]
[45]

R4 CH4 + H2O→CO+ 3H2 r4 = 1.2863 exp
(

− 4350
/T

)

[CH4][H2O]
[45]

R5f 0.5 C(s)+ H2→0.5CH4 r5f = 0.01368 msTexp
(

− 8078
/T − 7.087

)

[H2]
[46]

R5r 0.5CH4→0.5 C(s)+ H2 r5r = 0.151 msT0.5exp
(

−
13578

T
− 0.372

)

[CH4]
0.5 [46]

R6 C2H4 + 2H2O→2CO+ 4H2 r6 = 0.12 exp
(

−
2058

T

)

[C2H4][H2O]
[47]

R7 C2H6 + 2H2O→2CO+ 5H2 r7 = 0.12 exp
(

− 2058
/T

)

[C2H6][H2O]
[47]

R8 C3H8 + 3H2O→3CO+ 7H2 r8 = 0.12 exp
(

− 2058
/T

)

[C3H8][H2O]
[47]

R9 C6H6O+ 5H2O→6CO+ 8H2 r9 = 8.25× 1011 exp
(

− 24100
/T

)

[C6H6O]
[48]

R10 C7H8 + 7H2O→7CO+ 11H2 r10 = 51600 exp
(

− 10000
/T

)

[C7H8]
[48]

R11 C10H8 + 10H2O→10CO+ 14H2 r11 = 498.2 exp
(

− 5080
/T

)

[C10H8]
[48]

R12 C6H6 + 6H2O→6CO+ 9H2 r12 =
k1C6H6 [C6H6]

1 + (k2C6H6 )[H2] + (k3C6H6 )[H2O]

k1C6H6 = 1.58⋅1011 exp
(

− 23700
/T

)

k2C6H6 = 4.24⋅10− 7 exp
(

− 12600
/T

)

k3C6H6 = 6.99⋅10− 7 exp
(

− 6520
/T

)

[48]

R13 C6H6 + H2O→3C+ 2CH4 + CO r13 = k4C6H6 [C6H6][H2O]
2 

k4C6H6 = 2⋅1016 exp
(

− 52923
/T

)
[20]

R14 CaO+ CO2→CaCO3
r14 =

N0
CaOσ0

CaOkCBN(1 − XCaO)
2 /3 ( CCO2 − CCO2 ,eq

)

1 +
N0

CaOkCBN

2Dpl
δ0

CaO
̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅
1 − XCaO

3
√

(

1 −

̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅
1 − XCaO

1 − XCaO + ς⋅XCaO

3

√ )

[49]
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to the experimental results in BARRACUDA VR®. This method involves 
iteratively adjusting the activation energy parameters and comparing 
the predicted outcomes with experimental data to achieve the best fit.

2.4.3. 3D model of the lab-scale reactor
Fig. 3 shows the 3D model of the laboratory-scale reactor.
The main assumptions of the model are: 

• Ash related reactions are neglected.
• Isothermal conditions: during the experimental tests a stable gasifier 

temperature was obtained by an electrical furnace.
• Aromatic compounds are grouped into the most abundant com

pounds: benzene, toluene and naphthalene.
• Reaction kinetics modified to reproduce the experimental test re

sults, obtaining an engineering model for SEG.

Table 6 summarizes the simulation conditions.
A mesh size of 25,000 cells (corresponding to an average cell size of 

approximately 0.6 cm per side) was selected for the simulations to 
ensure accurate representation of the geometry while reducing the 
computational cost. A mesh sensitivity analysis was also performed, 
varying the cell size from 0.5 to 1.0 cm, to assess the impact of grid 
resolution on model predictions. The results of this analysis, reported in 
the Supplementary Materials, demonstrate that the mesh size does not 
significantly influence the simulation outcomes.

It is important to note that in the MP-PIC is crucial that each 
computational cell contains a statistically meaningful number of parti
cles [50]. Therefore, cell sizes in the range of 0.5–1.0 cm, or even larger, 
are commonly adopted in CPFD simulations of fluidized bed gasifiers 
using Barracuda VR® [51–53].

The mesh generated by the Barracuda VR® is a structured hexahe
dral mesh created through the Cartesian cut-cell method. Local mesh 
refinement near the walls is not feasible, and a uniform cell size must be 

Fig. 3. Gasification reactor 3D model with initial and boundary conditions for simulation.

Table 6 
Operation condition set for simulation. The data referred to the test at steam to 
biomass ratio equal to 1 are reported in the brackets.

Reactor pressure (P) 1 bar
Reactor temperature (T) 670 ◦C
Steam to biomass ratio (S/B) 0.5 (1) wtfraction

Gas inlet temperature 550 ◦C
N2 flux from the bottom 9.2 (3.2) Nl/min
N2 with feedstock injection 1.1 Nl/min
Olivine density 3300 kg/m3

Dolomite density 2200 kg/m3

Olivine Sauter mean diameter (d3,2Olivine) 255e-6 m
Calcined dolomite Sauter mean diameter 

(d3,2Calcined dolomite)
330e-6 m

Sand sphericity 0.73 –
Sand initial loading ≈3 kg
Close-pack volume fraction (ε) 0.6 –
Biomass feed rate 0.636 kg/h
Biomass density 700 kg/m3

Biomass sphericity 1 –
Number of cells Ranging between 7000 

and 70,000
–

Maximum momentum redirection from 
collision

40 % –

Normal-to-wall momentum retention 0.3 –
Tangent-to-wall momentum retention 0.995 –
Drag force Wen-Yu & Ergun –
Contact force model Blended acceleration 

model
–

Turbulence model (LES) Large eddy 
simulation

–
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employed throughout the domain. According to Zhang et al. [54], this 
constraint is not an issue in regions with high solids concentration, such 
as in a fluidized bed, where particles motion disrupts the development of 
a conventional fluid boundary layer. In these systems, the particle-laden 
boundary layer differs substantially from that in single-phase flows and 
is typically characterized by flow in the direction opposite to the bulk 
flow. As a result, when using the MP-PIC method, the near-wall region 
can be adequately described by focusing on the particle-phase behavior, 
with minimal concern for the gas flow. The high accuracy reported in 
previous MP-PIC simulations supports the validity of this assumption 
[55–59].

In addition, Barracuda VR® incorporates a sub-grid model to account 
for the modulation of turbulence induced by the presence of solid par
ticles. This model significantly reduces the influence of turbulence as 
particle concentration increases, which is typical in dense-phase fluid
ized beds. Consequently, the turbulence structures observed in such 
flows differ markedly from those in single-phase LES, and mesh reso
lution requirements can be accordingly relaxed [60].

The near-wall resolution was evaluated by calculating the non- 
dimensional wall distance (y+), confirming that an appropriate resolu
tion is achieved (see Supplementary Materials). The results indicate that 
the turbulent region is confined to a relatively narrow central zone (R <
20 mm), while approximately 84 % of the reactor volume lies in an area 
where the fluid flow appears nearly laminar. This observation could 
raise concerns about a possible underestimation of momentum and 
scalar transport phenomena. However, in dense gas–solid systems such 
as bubbling fluidized beds, flow dynamics and mixing are not governed 
solely by gas-phase turbulence. Particle motion driven by bubble for
mation and collapse, particle collisions, and wake entrainment con
tributes significantly to mixing and transport within the reactor [61]. 
The introduction of reactive particles (such as biomass particles which 
produces endogenous bubbles throughout devolatilization [62]) into the 
fluidized bed can substantially influence the overall flow dynamics, 
altering both gas and particle velocity fields as well as modifying the 
turbulence intensity within the system [63].

Moreover, the MP-PIC method has been proven capable of capturing 
key features of bubbling fluidization, including bubble-induced mixing 
and solid circulation patterns consistent with experimental data [64,65]. 
Additional studies have confirmed that bubble wakes, particle–particle 
collisions, and recirculation flows promote effective dispersion and 
enhance radial mixing, particularly in dense beds [66].This behavior is 
further illustrated by velocity fields of both gas and particle phases (see 
Supplementary Fig. S1), which reveal the presence of well-defined 
convective structures and recirculating flows throughout the bed, 
including in regions with low gas-phase turbulence intensity. These flow 
patterns contribute to sustained momentum and scalar transport, sup
porting the assumption of effective mixing even outside the core tur
bulent region.

To further confirm the reliability of the simulation results and ensure 
that they are not dominated by sub-grid modelling, the resolved fraction 
of turbulent kinetic energy (TKE) was calculated. This analysis also 
ensures that gas-phase reaction kinetics are not adversely affected by 
unresolved mixing phenomena. A representative domain slice with 
contours of the resolved TKE fraction is provided in the Supplementary 
Materials, showing that >80 % of the turbulence is indeed resolved 
across most of the reactor core.

A constant mass flow rate boundary condition was imposed, and the 
inlet velocity was calculated by distributing the measured flow uni
formly over the inlet surface.

To evaluate the influence of modelling parameters on simulation 
results a sensitivity analysis was carried out varying the number of mesh 
cells, the turbulence model, and the Maximum momentum redirection 
from collision. The mesh resolution was altered by modifying the cell 
size within the range previously discussed, while different turbulence 
modelling approaches available in Barracuda VR® were tested to 
examine their influence under dense-phase flow conditions (LES, 

Algebraic and without turbulence model). Additionally, the Maximum 
momentum redirection from collision parameter was adjusted between 
30 and 50 % to evaluate its role in particle dynamics and mixing 
behavior. The results of this sensitivity analysis are summarized in 
Table S1 (see Supplementary Materials) and confirm the robustness of 
the simulation outcomes.

3. Results and discussion

3.1. Devolatilization

Fig. 4 shows the devolatilization times as function of operating 
temperature, derived from batch tests.

A notable reduction in thermal degradation time by over 40 % is 
observed as the temperature increases from 600 to 850 ◦C. The observed 
trends in devolatilization times are consistent with previous studies 
[41], where an increase in temperature similarly led to a significant 
reduction in devolatilization times due to enhanced reaction kinetics.

The kinetic parameters were determined by fitting experimental 
devolatilization times using the Matlab DEV_Model, as developed in a 
previous study [28].

The mathematical model developed in Matlab employs the solution 
of the partial differential heat transfer equation in spherical coordinates 
to determine the temperature profile within a biomass heated in the 
fluidized bed, where both convective and radiative heat exchange oc
curs. The computed temperature profile over time is then used as the 
basis for determining the kinetic parameters featured in the equation. By 
imposing the constraint based on experimentally derived devolatiliza
tion times, the model identifies these parameters through an iterative 
process.

The resulting first-order expression fundamentally incorporates heat 
transfer phenomena, supporting their implementation within the 
simulation software. Since the software represents particles as material 
points, this expression allows for the consideration of thermal effects 
that would otherwise be neglected under isothermal conditions, where 
particles are assumed to have no volume.

Firstly, the activation energy and pre-exponential factor were 
calculated using MATLAB solve function. This function allows solving 
systems of symbolic equations and provides numerically accurate solu
tions. For each experimental devolatilization time measured at a given 
temperature, solve was used to compute the kinetic parameters Ei and Ai 
that satisfy the Arrhenius-type expression. The same value of Ei was 
obtained at each temperature, whereas temperature dependent values 
were observed for the pre-exponential factor Ai. According to the kinetic 
expression implemented in the Barracuda software, a power law corre
lation was applied to fit the calculated Ai values. The results of the fitting 
are presented in Fig. 5, showing a coefficient of determination of R2 =

Fig. 4. Experimental devolatilization times.
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0.9996.
The kinetic parameters obtained from the model are summarized in 

Table 7.
Fig. 6 shows the biomass conversion trend over time predicted by the 

model. The devolatilization times, calculated using kinetic parameters 
fitted to experimental data, are reported in the figure and compared with 
the experimental results. The relative differences remain below 2 %, 
confirming the accuracy of the model.

The distribution of the product released during the devolatilization 
step was determined through semi-continuous tests, as described in 
Section 2.2, which allowed the quantification of gas production, 
composition, tar content and residual char.

A summary of the results is reported in Table 8, while Fig. 7 shows 
the gas and aromatic compound compositions.

Analysis of the isopropanol samples highlights that toluene, naph
thalene, phenol, and benzene are the main aromatic compounds pro
duced. A detailed analysis of these products enables the calculation of 
the weight percentage distribution required for implementing devola
tilization in CPFD software, as reported in Table 9.

3.2. Gasification

The gasifier reactor allows for the integration of a filter candle in the 
freeboard, enabling the use of a catalyst for in situ hot gas cleaning and 
conditioning [29]. However, in this study, the candle was left empty to 
focus on developing a model for sorption-enhanced gasification without 
catalytic improvement of the syngas. Nevertheless, the use of the filter 
candle prevents the elutriation of dolomite from the reactor [29], while 
also enhancing H2-rich syngas production through CO2 adsorption [67].

The gas composition trend during SEG, calcination and combustion 
phases of the tests is reported in Fig. 8, test #1 at S/B = 1 was chosen to 
be displayed (other results in Supplementary).

Two steam-to-biomass ratios were used for the tests in order to tune 
and validate the CPFD model. A summary of the experimental results is 
reported in Table 10.

By analyzing the results obtained in the two tests, significant dif
ferences emerge compared to those achievable in standard gasification 
(at 850 ◦C) and also based on the ‘steam to biomass’ (S/B) ratio, which 
influences both the gas yield and the chemical composition of the pro
duced syngas, as shown in Fig. 9.

In Test #2, a water conversion of 40.8 % was observed, which is 
higher than the 29.5 % recorded in Test #1. However, despite the higher 
water conversion, Test #2 shows a lower gas yield of 0.76 Nm3/kg of 

biomass than the higher yield of 0.80 Nm3/kg in Test #1. This suggests 
that a higher S/B ratio favors biomass conversion, increasing the effi
ciency of the process [1]. This result is further supported by the char 
yield, which is 36 % in Test #1, lower than that in Test #2.

In both tests the char yield is significantly higher than what can be 
achieved in standard gasification, given the operating temperature. At 
elevated temperatures, the reaction becomes more favorable both 
thermodynamically and kinetically [68].

While the reduced char conversion efficiency may result in lower gas 

Fig. 5. Pre-exponential factor fitting curve.

Table 7 
Kinetic parameters for the devolatilization phase (see Eq. (4)).

Parameter Value Unit

Bi 45,701.06 –
Ci − 1.13 –
Ei 27,434.80 J/mol

Fig. 6. Particle mass conversion trend over time predicted by the model, 
including the devolatilization times derived with the fitted kinetic parameters.

Table 8 
Experimental results for the devolatilization phase.

Gas yield 0.45 Nl/gpellet

Char 13.9 wt%
Tar 189.8 g/Nm3

gas

Fig. 7. Devolatilization products distribution: a) Gas composition (vol%); b) 
Aromatic compounds (wt%).

Table 9 
Percentage composition of devolatilization 
products.

Species wt%

Volatiles 84.2
Char 13.9
Ash 2.0
H2 0.8
CO 25.2
CO2 19.0
CH4 4.6
H2O 29.8
C2H4 5.2
C2H6 3.0
C3H8 2.4
C6H6 3.5
C7H8 3.7
C10H8 0.4
C6H5OH 2.4
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production (as it reflects less complete biomass conversion), it could also 
reduce the energy demand in a dual fluidized bed gasification process. In 
such a system, the residual char is transported to the combustion zone 
along with the bed material, where it is burned to calcine, the calcium 
carbonate formed during SEG and to heat the bed material, indirectly 
supplying the heat required for the gasification process.

Analyzing the syngas composition on a dry basis and without ni
trogen, a notable difference is observed in hydrogen (H₂) production. In 

Test #1, the H₂ concentration reaches 78.8 %, significantly higher than 
the 70.2 % in Test #2. Thus, Test #1 demonstrates greater efficiency in 
H₂ production, likely due to enhanced reforming reactions of methane 
and light hydrocarbons [69].

At the same time, the CO₂ content in the produced gas decreases from 
7.0 % in Test #2 to 3.8 % in Test #1. This reduction indicates effective 
CO₂ capture during the process, contributing to maximizing H₂ forma
tion. Additionally, carbon monoxide (CO) content decreases in Test #1 
(5.6 %) compared to 7.7 % in Test #2, suggesting that the different S/B 
ratio influences the water-gas shift reaction, promoting the CO conver
sion and H₂ production.

The concentrations of methane (CH₄) and light hydrocarbons (CnHm) 
also decrease in Test #1, with values of 8.9 % and 2.9 %, respectively, 
compared to the higher values in Test #2 (9.6 % CH₄ and 5.4 % CnHm). 
This suggests that a higher S/B ratio more strongly promotes the 
cracking and reforming reactions of hydrocarbons, leading to cleaner 
and more H₂-rich gas production.

An additional essential aspect is the tar content in the produced 
gases. One advantage of using sorbents such as dolomite is their catalytic 
effect on the thermal cracking reactions of heavy aromatic compounds. 
In Test #2, the tar content was 9.5 g/Nm3, while in Test #1, it increased 
to 11.6 g/Nm3. These values are similar to or lower than those typically 
obtained in standard gasification tests without the use of catalytic ma
terials, confirming the effectiveness of dolomite in promoting tar 
cracking and conversion [69].

In summary, although Test #1 had a lower water conversion, it 
demonstrates better results in terms of gas production and syngas 
quality, with higher hydrogen production and reduced carbon-based 
compounds and solid residues. Test #2, while having lower tar con
tent and higher water conversion, was less efficient in hydrogen pro
duction and resulted in a higher amount of char.

3.3. Model results and validation

Based on the results from the gasification tests, reaction kinetics were 
tuned accordingly. The kinetic parameters of the considered reactions 
were adjusted to develop a model capable of reproducing the behavior 
observed in Test #1, while the outcomes of Test #2 were used for 
validation purposes (Table 11).

As a result of the tuning process, the reaction kinetic parameters have 
been modified to better align model predictions with experimental re
sults. Among these modifications, the kinetic of water-gas shift reaction 
was found to be increased by a factor of 10. This adjustment aligns with 
similar findings reported in previous studies, where pre-exponential 
factor of the WGS was adapted for sorption enhanced water gas shift 
simulation, leaving the activation energy unchanged [70,71].

The same procedure was also applied to the other compounds. In 
particular, for heavy hydrocarbons, the tuned values result within the 
range of variability reported in the literature, where various reaction 
pathways and kinetic expressions for tar cracking and reforming are 
described [72–75]. A simple kinetic model was chosen and the corre
sponding parameters were adjusted to reproduce the experimental 
results.

Figs. 10 and 11 compare the gas composition obtained in the two 
tests and their corresponding simulations in terms of gas yield, compo
sition, and tar content. The analysis of the results indicates that the 
model can accurately predict biomass gasification behavior. The most 
significant discrepancies are found in the tar content, particularly in the 
concentrations of toluene and phenol, as shown in Fig. 9.

Fig. 10 shows the results obtained from CPFD simulations during the 
kinetics fitting phase, demonstrating good agreement with experimental 
data in terms of gas and tar prediction using both homogeneous and 
heterogeneous kinetics.

Moreover, the figure compares the simulations results obtained with 
the three mesh grids to assess their effect on the simulation. The results 
of sensitivity analysis.

Fig. 8. Composition of the gas during the phases of Test #1.

Table 10 
Experimental results for gasification phase.

Test #1 Test #2

S/B 1.0 0.5
Gas yield (Nl/gpellet) 0.80 0.76
Char yield (wt%) 36.0 % 39.6 %
Tar (g/Nm3

gas) 11.6 9.5
Water conversion (wt%) 29.5 % 40.8 %

Fig. 9. Experimental results comparison in terms of gas and tar composition.
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As highlighted by Fig. 10, the use of a higher resolution grid does not 
significantly affect the results, demonstrating its negligible impact. For 
this reason, the 25,000 cells mesh size was chosen to reduce the 
computational cost.

Fig. 11, meanwhile, presents a comparison, for verification purposes, 
between the previously calibrated kinetics of the CPFD model and the 
additional experimental results obtained at a different steam-to‑carbon 
ratio.

During the verification phase, a discrepancy was observed primarily 
tar yield and composition prediction. This behavior is likely due to the 
selected kinetics for these compounds, whose formation and rear
rangement processes are challenging to accurately model [76].

In the current CPFD modelling, only steam reforming kinetics were 
applied to heavy hydrocarbons, with thermal cracking considered for 
benzene only. Literature reports more complex models for tar, incor
porating thermal cracking, steam reforming, and more intricate molec
ular recombination processes in parallel, which might help account for 
the observed differences [77].

Future simulations are planned to achieve this, implementing more 
advanced models involving heavy hydrocarbons reaction and 
rearrangement.

Table 11 
Reaction kinetics implemented in the simulation.

R1
r1 =

kw1[H2O]

1 +

(

kw1/kw3

)

[H2O] +

(

kw2/kw3

)

[H2]

kw1 = 5342 T exp
(

24500
/T

)

kw2 = 0.00785 exp
(

6530
/T

)

kw3 = 1.64⋅109 exp
(

29200
/T

)

R2
r2 =

kc1[CO2]

1 +

(

kc1/kc3

)

[CO2] +

(

kc2/kc3

)

[CO]

kw1 = 1350 exp
(

− 22600
/T

)

kw2 = 0.0378 exp
(

− 10600
/T

)

kw3 = 8.83⋅107 exp
(

− 27100
/T

)

R3f
r3f = 2.79× 10 exp

(

− 1513
/T

)

[CO][H2O]

R3r
r3r = 157.89× 10 exp

(

− 910
/T

)

[CO2][H2]

R4
r4 = 1.2863 exp

(

− 4350
/T

)

[CH4][H2O]

R5f
r5f = 0.01368 msTexp

(

− 8078
/T − 7.087

)

[H2 ]

R5r
r5r = 0.151 msT0.5exp

(

−
13578

T
− 0.372

)

[CH4 ]
0.5

R6
r6 = 0.24 exp

(

−
2058

T

)

[C2H4][H2O]

R7
r7 = 0.24 exp

(

− 2058
/T

)

[C2H6][H2O]

R8
r8 = 0.24 exp

(

− 2058
/T

)

[C3H8][H2O]

R9
r9 = 3.55× 1012 exp

(

− 24100
/T

)

[C6H6O]

R10
r10 = 5.8× 105 exp

(

− 10000
/T

)

[C7H8]

R11
r11 = 274.2 exp

(

− 5080
/T

)

[C10H8]

R12
r12 =

k1C6H6 [C6H6]

1 + (k2C6H6 )[H2] + (k3C6H6 )[H2O]

k1C6H6 = 1.58⋅1011 exp
(

− 23700
/T

)

k2C6H6 = 4.24⋅10− 7 exp
(

− 12600
/T

)

k3C6H6 = 6.99⋅10− 7 exp
(

− 6520
/T

)

R13 r13 = k4C6H6 [C6H6][H2O]
2 

k4C6H6 = 2⋅1016 exp
(

− 52923
/T

)

R14
r14 =

N0
CaOσ0

CaOkCBN(1 − XCaO)
2 /3 ( CCO2 − CCO2 ,eq

)

1 +
N0

CaOkCBN

2Dpl
δ0

CaO
̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅
1 − XCaO

3
√

(

1 −

̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅
1 − XCaO

1 − XCaO + ς⋅XCaO

3

√ )

Fig. 10. Experimental data and simulation results (with 7000, 25000 and 
64,000 cells mesh) comparison in terms of gas and tar composition after ki
netic tuning.

Fig. 11. CPFD model validation.

Fig. 12. Weight percentage of CaCO₃ in the bed at various simulation times 
from the CPFD simulation of Test #1.
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Figs. 12–16 complete the results obtained from the model (Sim #1) 
by illustrating the behavior of the gases and solids inside the reactor as 
the simulation progresses (Figures related to Sim #2 are reported in 
Supplementary materials).

Fig. 12 shows the sorbent distribution within the bed and its mixing 
with the inert material, demonstrating the absence of segregation, which 
aligns with observation in the real case.

Fig. 15 presents the evolution of H2, CO2 and H2O in the bed and 
freeboard of the reactor. The capture of CO2 by the sorbent material 
shifts the water gas shift reaction equilibrium towards hydrogen pro
duction, followed by its partial regeneration in the freeboard region 
before leaving the reactor. These phenomena lead to cascading effects 
on H2O and CO production and consumption.

Moreover, the model effectively predicts the CaCO3 formation and 
thus the CO2 captured during the SEG tests. In fact, under both condi
tions, the discrepancy between the CO2 captured, calculated from the 
data in Fig. 8, and the value obtained from the simulation is <6 %.

These results demonstrate the model's effectiveness in accurately 
simulating the SEG process and its utility in reactor development by 
studying recirculation and calcination rate of CaCO3 in a dual fluidized 
bed system.

4. Conclusions

The three-dimensional CPFD model developed in this study has 
proven to be a reliable tool for predicting the behavior of sorption- 
enhanced gasification (SEG), capturing key trends in hydrogen yield, 
gas composition, and calcium oxide carbonation. The gasification tests 
confirm the positive effect of CO2 capture on syngas quality. During the 
gasification phase, CO2 capture efficiency was demonstrated by a 
reduced syngas CO2 content, contributing to an increased hydrogen 
production up to 79 vol%.

The model demonstrated its capacity to simulate key aspects of the 
SEG process, with only minor discrepancies in predicting tar formation.

Overall, this study confirms that the CPFD model is a useful tool for 
supporting the development of fluidized bed reactor designs and opti
mizing operating conditions. Its capability to predict critical Fig. 13. Time and spatial evolution of H₂ during the CPFD simulation 

of Test#1.

Fig. 14. Time and spatial evolution of H₂O during the CPFD simulation 
of Test#1.

Fig. 15. Time and spatial evolution of CO₂ during the CPFD simulation 
of Test#1.
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performance metrics such as gas yield, CO2 capture, and sorbent con
sumption establishes it as a valuable resource for scaling up SEG pro
cesses and enhancing the sustainability of hydrogen-rich syngas 
production. Future work will focus on refining the model, particularly 
regarding the kinetics of hydrocarbon reactions and tar formation, to 
further enhance its accuracy and practical applicability in reactor design 
and optimization.

CRediT authorship contribution statement

Alessandro Antonio Papa: Visualization, Validation, Supervision, 
Software, Methodology, Investigation, Formal analysis, Data curation, 
Conceptualization, Writing – review & editing, Writing – original draft. 
Armando Vitale: Visualization, Validation, Software, Methodology, 
Investigation, Data curation, Conceptualization, Writing – review & 
editing, Writing – original draft. Umberto Pasqual Laverdura: Re
sources, Project administration, Investigation, Writing – review & edit
ing, Writing – original draft. Antonio Di Nardo: Visualization, Formal 
analysis, Writing – review & editing. Giorgio Calchetti: Visualization, 
Formal analysis, Writing – review & editing. Andrea Di Carlo: Super
vision, Resources, Project administration, Methodology, Funding 
acquisition, Conceptualization, Writing – review & editing, Writing – 
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Appendix A. Nomenclature

Symbol Property Unit

ap Particle acceleration m s− 2

CD Drag coefficient –
Dp Inter-phase drag function s− 1

F Interphase momentum exchange rate kg m− 2 s− 2

fd Particle probability distribution function –
mp Particle mass kg
p Pressure Pa
Ps Modelling constant in equation Pa
rp Particle radius m
t Time s− 1

Tp Particle temperature K
ug Gas velocity m/s
up Particle velocity m/s
Vp Volume of solid phase m3

α Modelling constants –
β Modelling constant –
εcp Particle volume fraction at close-pack –
εg Gas volume fraction –
ρg Gas density kg m− 3

ρp Particle density kg m− 3

τ Inter-particle stress Pa
τg Fluid stress tensor Pa

Fig. 16. Time and spatial evolution of CO during the CPFD simulation 
of Test#1.
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prediction of biomass pyrolysis products, Prog. Energy Combust. Sci. 37 (2011) 
611–630, https://doi.org/10.1016/J.PECS.2011.01.001.

[42] M. Barrio, B. Gøbel, H. Rimes, U. Henriksen, J.E. Hustad, L.H. Sørensen, Steam 
gasification of wood char and the effect of hydrogen inhibition on the chemical 
kinetics, in: Progress in Thermochemical Biomass Conversion, 2008, pp. 32–46, 
https://doi.org/10.1002/9780470694954.CH2.

[43] J. Konttinen, A. Moilanen, J. Vepsäläinen, S. Kallio, M. Hupa, E. Kurkela, 
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